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Abstract—The characteristics of the various parameters affecting the film side and overall heat-transfer

coefficients in a horizontal evaporator—condenser were evaluated and presented for the laminar, and

practically interesting, range of operating conditions. Comparison with the limited available experimental

data show that the laminar theory yields transfer coeflicients which are some 50 per cent of the

experimental ones. However, when the effect of ripples is taken into account the calculated transfer

coefficients conservatively predict, to within about 10-30 per cent accuracy, the performance of the
evaporator-condenser tube.

NOMENCLATURE
A, heat-transfer surface;
B, x-dependent parameter (= Cosin X/2);
Cp,, specific heat of liquid;
Co, dimensionless constant (= ReFr);
Ciy constants (i=1...10);
D, inside tube diameter;
D;, diffusion coefficient of inert in steam;
E;, constants (i =1...10):
Fr,  Froude number (= gR/u?);
g gravitation constant;
h(x, z), local heat-transfer coefficient;
K, conductivities ratio (k,/k,);
K,, Kapitza number (= u*g/ps?);
ky,  conductivity of liquid;
k,, conductivity of tube material;
L, tube length (= z;);

P*,  total pressure inside the tube;
vapor pressure in the external vapor
chamber;

Pe,  Peclet number (= PrRe);

Pr, Prandtl number (CP; y,/k,);

Qs,  volumetric steam flow rate (= Q,(2));
Q,(0), inlet steam flow rate (at z = 0);

R, average tube radius;

R,  specific gas constant;

Re,  Reynolds number (= Rugp/u,);

R;,  inside tube radius;

Ry, outside tube radius;

r, radial coordinate;

vertical space between two successive tubes;

saturation temperature of steam,

corresponding to P*;

T,, saturation temperature of steam at the
condensate free surface (= T;(z));

T, saturation temperature of vapor,
corresponding to P,;
Two, Toe, temperature of the tube wall surfaces on

the evaporation—condensation sides;
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AT*, nominal temperature difference (= T*—T,);
AT,, temperature difference (= T,~ T,,.);

AT(2), local temperature difference (= T,— T,);
U(x,z), local overall heat-transfer coefficient;

U¥, average overall heat-transfer coefficient
(based on R;);
U., U,, dimensionless liquid velocities across the

condensate and evaporating film;

u,, u,, dimensional liquid velocities across the
condensate and evaporating film;

i, i, y-averaged liquid velocities across the
condensate and evaporating film;

it,0, initial (at x = xp) y-averaged liquid velocity
across the evaporating film;

ug, reference velocity (=1i,0);

W,, W,, mass flow rates across the condensate and

evaporating films;

X, tangential direction on the tube;

X, dimensionless tangential direction on the
tube (= x/R);

Xp, initial peripheral distance for the
evaporation region;

X, final peripheral distance for the evaporation
region;

v, normal coordinate on the tube (radial
direction);

Y, dimensionless normal coordinate (= y/R);

Ves condensate film thickness;

Vs tube wall thickness;

Vos evaporating film thickness;

Vo0, initial film thickness (x = xp);

z, axial coordinate of the tube:

zy, final condensation length (= L).

Greek letters

I,, I, liquid mass flow rates across the evaporating
film and condensate;

T, o0, initial liquid mass flow rate across the
evaporating film;

Y molar fraction of inerts;

y(0), inlet molar fraction of inerts (at z = 0);
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S, dimensionless condensate film thickness
(ve/R):

O, dimensionless half tube wall thickness (y,/R);

d,,  dimensionless evaporating film thickness
(1./R);

Avs Ac» heat of evaporation and condensation in the
evaporation—condensation sides

0, dimensionless temperature
(T—-TNT*~T));
0., dimensionless temperature of the condensate

free surface (7, — T,)/AT*);

Oy, 0., dimensionless temperature of the tube
wall surfaces at the evaporation and
condensation sides
((va - n)/AT*3 and (Twc - r;)/AT*),

i, liquid viscosity;

Vi, kinematic viscosity (u1/p;);

D1 liquid density;

Pss steam density;

o, angular coordinate;

o, surface tension.

Subscripts

0, initial;

¢ condensation side;

i,0, inside and outside;

w, at the wall;

s, at the condensate free surface;

t, tube;

v, evaporation side.

INTRODUCTION

FILM-TYPE heat-exchangers show the distinct advan-
tage of high heat-transfer coefficients and are utilized
extensively in heating and cooling of liquids as well as
in condensation and evaporation processes. Usually,
vertical surfaces are used and, as in the case of the long
tube evaporator (LTV), the evaporation which takes
place inside the tube surface is sustained by the con-
densation of a saturated vapor on the external surface
of the tube. Horizontal-tube-evaporator—condensers,
where condensation takes place inside the tube bundle
while the cooling evaporating film flows over the out-
side of the tubes (falling from one tube to the next below
it), were recently shown [1-3] to have economical
advantages over the classical vertical arrangements
suggested in various water desalination schemes. The
analysis of such an horizontal tube is the aim of this
study.

As in most multi-stage water desalination plants, the
vapor produced in one stage is condensed in the next
stage. However, unlike the vertical case, condensation
of the vapor inside the tube results in a two-phase
flow, and the hydrodynamics of this two-phase flow
determines the heat-transfer mechanism. A classifi-
cation of the various flow regimes is given in [4, 5]. In
the practical operating range considered, the conden-
sation inside the tube can be classified by two
condensate-flow regimes: stratified flow at Re, < 35000
and annular flow at Re, > 35000 [6]. In the stratified

flow regime the condensation mechanism is predomi-
nantly affected by the viscous, inertial and body forces
[7, 8], while in the annular flow regime the process of
condensation is determined by the dynamics of the
vapor and the condensate and their interaction [9-11].
As shown experimentally [12, 13], the condensation
heat-transfer coefficient increases, in these two regimes,
with steam flow rate.

Condensation on horizontal tubes was studied by a
number of workers. At low temperature deriving forces
and low vapor velocities, laminar film condensation
occurs, and the Nusselt assumptions [14] for laminar
film condensation on horizontal tube hold. Bromely
[15] modified the Nusselt’s model by investigating the
contribution of the sensible heat term on the heat-
transfer coefficient, other things being equal. For
organic vapors, at high pressures and large tempera-
ture differences between the saturated vapor and the
tube temperature, the effect of finite heat capacity of
the condensate film is to increase the heat flow [15].
Rohsenow [16] includes the effect of “cross flow” of
the heat transfer (convection in the flow direction)
within the film, which was omitted in Bromely’s
analysis. Chen [17, 18] used an integral approach to
the momentum and energy equations to improve the
Nusselt’s analysis. Sparrow and Gregg [19, 20] solved
the problem by utilizing the boundary-layer type equa-
tions developed for the condensate layer on a horizontal
tube. Koh, Sparrow and Hartnett [21] used the
boundary-layer type equations but with a different set
of boundary-conditions and obtained solutions quite
similar to Chen’s [18].

Condensation in inclined horizontal tubes was
studied by some workers. The effect of the liquid
accumulating inside the tubes at low mass velocities—
and stratified flow of the condensate—was studied by
Chaddock [22] and Chato [6]. Rufer and Kezios [7]
extended these studies to higher steam flow rates. A
detailed treatment for high steam flow rates resulting
with annular flow within the tube was recently sum-
marized by Rohsenow [23].

Very little has been reported on film flow on, and
evaporation from, horizontal tubes. Zfati [24] studied
heat transfer without evaporation to a film flowing
over a horizontal tube and derived the tangential length
of the developing thermal boundary layer. Fletcher
et al. [29] reported experimental data for evaporation
from a film flowing over a horizontal tube electrically
heated from within. Also related is the study of evap-
oration from a film flowing on a near horizontal plane
[25] Wilkes [1] analysed the evaporating film outside
a horizontal tube and the condensate film inside the
tube as two independent phenomena. The local per-
ipheral heat-transfer coefficient for the two films were
evaluated based on the measured average constant
value of the tube wall temperature. However, it often
appears that the temperature measurements of the wall,
and particularly at solid—fluid surfaces, are not suf-
ficiently accurate [26].

None of the above studies consider the interrelated
effects of the simultaneous evaporation—condensation
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process, and practically all relate to a constant bound-
ary condition at the wall. Nagendra and Tirunarayanan
[36] utilize the laminar boundary layer approach to
analyse film condensation on a non-isothermal vertical
plate. The analysis, based on the arbitrarily assumed
surface temperature distribution, indicates a decrease
in the heat-transfer rate as compared to an isothermal
assumption.

The present study is an attempt to solve for the
heat-transfer rates associated with the interacting con-
densation and evaporation phenomena, while simul-
taneously solving for the wall temperature variation in
the tangential and axial directions. The effect of the
non-condensables in the condensing steam, along the
tube, on the performance of the combined evaporation
and condensation process is also considered.

THEORETICAL

The theoretical model and the governing equations

Consider an horizontal metal tube of wall thickness
2y, and length L. Saturated steam at T* enters the tube
z =0 and while flowing in the z direction condenses
on the inside surface of the tube. The condensate film
formed flows “down” in the tangential x-direction along
the periphery of the tube. In the steam flow rates con-
sidered here (Re, < 35000) the condensate forms a layer
at the bottom of the tube. The external surface of the
tube is continually wetted by a sheet of saturated (sea)
water at T, which falls on the tube at x = 0 (vertically)
from above (perpendicular to the horizontal z-coordi-
nate). A liquid film is thus formed on the external side
of the tube flowing in the x-direction, and draining at
the bottom of the horizontal tube. T* > T, and the
latent heat of condensation is utilized to evaporate
some of the (sea) water film. The pressure in the vapor
chest surrounding the tube is constant, corresponding
to T,. P* is the total pressure corresponding to T*.

A schematic presentation of the physical system and
the coordinates used here is shown in Fig. 1. Figure
1(b) represents an angular cross section A¢ at some
distance x from the upper stagnation point. Since x is
defined along the perimeter, Ax = RA¢, and the angle
of inclination varies with the distance x (from the
vertical axis) along the periphery.

X =0

Evaporating film

Tube wall

Condensate film

Bottom flow

(a)

The thickness of the liquid films y, and y., on the
evaporation and condensation sides, respectively, is
assumed to be small. The effect of curvature is neglected
and a two-dimensional film flow is considered.

We now define the following dimensionless variables:

X=x/R, Y=yR, & =y/R 8 =y/R
T-1T, ,—T, ugp1 R
8= y/R, 0= . 6= . Re="*P17%
=W/ T T, T* T, e i
Pr=Cpyui/k,, Fr=gRju}, Co=FrRe,
U =ufugr, Pe= PrRe.

where T; is the free surface temperature of the con-
densate. T* = T, for pure steam and T* > T; in the
presence of non-condensables. up denotes a reference
velocity to be determined later. U represents either
U. or U, constant properties are assumed throughout.

Neglecting the pressure gradient along the periphery
of the tube, the dimensionless forms of the continuity,
momentum and energy equations are:

i 3y N d Be
el ij U,dy;, = wj U.dy (1)

prug  dX J,, Do dX [,
d*U .
e ~CosinX; U=U .or U, 2

d [ o dg
Pe-—| Ufo——" Yy =-2
‘ax |, ( CplAT*> dv|y_s,

d [ A do
Pe— | U(0-0——"_)dr=-"_
“ax j_ N < Cp1 AT*) ay

where AT* is the total nominal temperature driving
force (T*—T,). (The temperature gradient inside the
metal wall are considered below); n1, and i, are the
mass flux of the evaporating and condensing vapor,
respectively.

The solution of the energy equations requires that
the velocity and temperature profiles of the evaporating
and condensing film be specified.

03)

Y=-4,

The velocity profiles

The velocity profiles are obtained by integrating the
equations of momentum, assuming no slip conditions
on the solid surfaces and no shear stresses on the free

X=x/R

(b)

FIG. 1. Schematic presentation of the physical system and coordinates.
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vapor-liquid interfaces of the two films. The neglect of
the shear stress in the z-direction on the condensation
side is justified for mild steam velocities (up to 50ft/s)
inside the tube [1]. As such, the following analysis is
applicable to the stratified flow region of the Baker
map [37].

The solution of equation (2) with these boundury
conditions yields:

C X
U, = [ = 38,+23,)+ 2(3,+3,) Y— Y?] ,flszﬂ.,
Cosin X “4
0
U, = [—(5,((5,+2(SC) 2(8,+8,) Yz],,zw b

The relationship between the (local) film thickness
and the dimensionless flow rate W, evaluated by
utilizing the local y-averaged (but x-dependent) velocity
is given by:

I,
W,=—"— =43}Cosin X
u
Rllil (5)
W, = —- =433Cosin X
ugpi R
wherefrom
mo o dW,
= = ()
URpP1 dx dX
and: (©)
e, AW do
e 9P 52Cosz*+353Cf’COSX
Ur dX dx

Note that equations (5) are identical with the classical
Nusselt’s expression for the mass flow rate.

The temperature profiles

Linear temperature profiles are assumed for the two
liquid films, as well as for the tube wall. Introducing
the fo]lowing boundary conditions

=(,+06,) 0=0
Y = () 0 = 0,, (yet undetermined)
Y= 0 = 0, (yet undetermined) (7
Y = (o +9,) 6=0, (= const for pure vapor

# const. in presence of
inerts)

0, = 0.,(14 %)=Ly
v Ywo (5', 5"

0wv + ()wc HWC - sz‘

yields:

o= S Y @)
O, O 0 — Oe
()CZGM,C 1 s —T(}s‘_ - Y
( " r)c) J; 0,

6., and 0,,., which denote the dimensionless tempera-
tures at the two sides of the wall, are also functions
of X and are related to §, and J. by matching the
fluxes in the Y = +J, planes:

_del 90 o ke

dyly_, dY o ki o)
L

d¥ly- -, dv|y-s

Differentiating (9) and rearranging (10) yields:

(10}

we

m LK.+ "

Ko, .

wo = = O (n

20,+ KJ,
Solution of the equations of energy

Combining the X -differentiated forms of (10) and (11)

with the Y-integrated and X-differentiated forms of

equations (5) and rearranging yields the variation of
the film thickness in the X-direction

do,
= F,(X,d., 0., 0p, Uy, 0., Re, Fr, Pr)
dx
(12)
dé,
= F.(X, 0,0, 0y, 0, 0. Re, Fr, Pr).
dx

The exact form of equation (12)
Appendix A,

Equations (12) represent a system of first order
ordinary differential equations. A computer program
was set for integrating the above system, starting with
the initial values 8(X,), using a Runge-Kutta-type
method. The procedure performs on integration step
and the results of each step serve as input for the next
one. The stepsize is automatically controlled according
to accuracy requirements and speed considerations.

is presented in

The tangential integration range

The solution of equations (12) requires that the range
of the independent variable X (over which the coupled
integration proceeds) and the initial values of ., and
3, at X be specified.

The initial values for the top of the tube. It is assumed
that evaporation of the liquid film (which is saturated
at the top of the tube) starts when the external free
surface is affected by the thermal process (condensation)
taking place inside the tube. This occurs when the
thermal boundary layer is identical with the liquid film.
The “developed boundary layer zone™ is reached at a
dimensional distance xj (from the origin), which is
given by [24]:

V2 viRey( 9 R +24-24
Xp = oo~ ——=Rey+——);
PUo12s w, \1287Y g
(13)
4lL0
Re]v:
H

where I, , is half the mass flow rate per urit length
of the liquid falling on the tube; u, is the film free fall
velocity given by ,/(2¢S), and § is the vertical free fall
distance, usually the vertical space between two tubes.

The dimensionless film thickness at xp. d, 4. 1s thus
obtained from equation (5) where I, = T, ; denotes the
initial film mass flow rate per unit length.

Choosing the y-averaged velocity at x = xp, as the
reference velocity, i.e. ug = i, o, yields the relationship
between Re (based on R) used here and Rey = 4L, /u;,
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the Reynolds number commonly used in film flow
studies:

ReEuRle_ Tho M_ 1

Hi —P1yu,0 Hy —45u,o

The final values for the bottom of the pipe. In the
operation range considered here, stratification of the
condensate at the bottom of the horizontal tube occurs.
The height of the condensate layer in the bottom is
given in terms of the length averaged peripheral angle
X by [22]:

3 3/410-142
X, = n—[5-06 x 10"“<k—1(’)‘—§p—§)—y) } (15)
Hi P14
where D and L are the diameter and length of the tube,
respectively. AT, = T,— T, is the temperature differ-
ence between the surface temperature of the condensate
and the internal side of the wall. Since 7,,. is not known
a priori, the calculation is initiated by a reasonable
guess and then corrected by an interaction procedure.
The condensate level changes and X, varies along the
tube (by 3° for an 8 {t tube length [22]). Here we neglect
this variation, and use is made of X,,, the L-averaged
value of X,,. As shown by Wilkes [1], the relative
amount of heat transferred through the bottom layer,
from X, to =, is quite small and is assumed negligible
here.
Utilizing equations (13) and (15), equations (12) are
integrated to yield the local values of the two films
around the periphery.

Rey. (14)

Condensation of pure vapor

Based on experimental observations [2], it may be
assumed that the pressure drop along the tube is
negligible. (This is particularly true for T* > 60°C and
arelatively low heat flux.) Thus for pure steam, T; = T*
and 8, = 1-0, invariant with the axial direction of the
tube, and the equations presented thus are valid for
any z along the tube. This assumption is substantiated
by the fact that, unlike usual condensers, the external
“cold” fluid falling on the tube in cross flow fashion
is uniformly distributed along the tube and has a
uniform homogeneous temperature.

With 6, = 1, the rate of condensation yields I ¢y,
the (half periphery) accumulated condensate film flow
rate per unit length of tube at the bottom (X = X,,).
Combining I" 3, with a given steam inlet flow rate and
exit steam quality yields the required tube length.

Effect of non-condensables

Non-condensables (usually air) are present in practi-
cally all condensing systems. The accumulation of
non-condensables at the (fluid) condensation surface
reduces the saturation pressure of the condensing steam
and the corresponding saturation temperature T, at the
surface. As condensation proceeds along the tube, the
effect of the inerts increases due to the reduction of
the saturation temperature brought about by steam
disappearance and the increased concentration of the
inerts. T, varies with the axial direction and henceforth
denotes the local z-dependent temperature of the free
surface of the condensate film. Condensation is halted

as T, — T,, the saturation temperature in the vapor
chamber outside the tube. In the absence of inerts
T, = T*. Thus, (T*—T,) is the nominal driving force
while (T, — T,) is the effective one.

The relationship between the inert molar concen-
tration fraction y and the free surface temperature 6,
along the tube is now derived from simple thermo-
dynamic relationships.

The partial pressure of the inerts at the wall is
given by:

P,(z,R) = P*y(z,R); R-y.~R
P,(0, R) = P*y(0, R) = P*y(0)

since at the entrance y is uniform, identical for all r.
P* is the total pressure within the tube, assumed con-
stant along the tube. Condensation is halted at z = z,
as Py(z;, R), the partial pressure of the steam adjacent
to the condensing surface, approaches P,, the vapor
pressure corresponding to the saturation temperature
in the vapor chamber. Under these conditions T, —» T,
and

(16)

Pyzy, R)y= P*—F(z;,R) x p*—F,. 1
Combining equations (16) and (17) yields:
%0  P(O,R) p*
O _AOR 0. (18]

9z;,R) " Pfz;,R) P*—P,

If a small nominal AT*(=T*—T,) is considered,
then by the Clausius—Clapeyron equation:
p*—P _T*-T,

Px  RT**

(19)

where R is the specific gas constant.
Combining equation (18) with (19) yields the inerts
concentration at which condensation stops:
I T*=T,
v(zs, R) =R e (20)
From small values of AT*, a linear relationship
between the temperature and vapor pressure can be
assumed. The dimensionless free-surface temperature
of the condensate is thus approximated by:

I(z)—T, F(zR)—p,
™7, p*-p

Introducing Pz, R) = P*—P(z,R) and P, = P*—
Pz, R) into (21) gives

_BER _ | R
P/(zs,R) 7z, R)

As 6; — 0, condensation stops. The length of the tube
up to this point, z,, can be determined once the con-
centration distribution of the inerts in the tube is
known.

Homogeneous concentration of non-condensables
occurs at high steam flow rates. Here, however, we
limit the analysis to the intermediate range, where a
completely mixed vapor phase exists, but stratification
of the condensate, rather than an annular regime, stiil
prevails. Under these stipulations, and assuming no

65(z) = 21

0.(z) = . (22)
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dissolution of the inerts in the condensate, the concen-
tration of inerts at the free-interface are given by:

2,0
(z.R) = ) 23
i 0.6) )( (23)
and
0,(0)
}v Zr, R = - 0 24)
{zs. R) Qs(zf)/( ) (

where Qg(z) is the steam flow rate at a distance :.
Introducing (19) in (20) yields:

Qs(:f) R0 T*Z
Combining equations (23) and (24) with (22) leads to

the free surface temperature of the condensate along
the tube for the assumed plug-flow case:

0,(0) ( A I*-E)
0.2 [ \Ry() T )|’

For relatively low steam loads, parabolic velocity and
concentration distributions may be assumed {Appendix
B) and the derived analogous expressions for the steam
flow ratio and the condensate surface temperatures are:

(25)

O,(z) = 1-0— (26)

Qs 0) / T%—
Oz~ —1
Oz y(O)T*"‘ 27
and
L [3040)/042) —2/3]
Odz) =1— T T (28)
Ry0) 7%

Equations (25) and (27) are compared graphically for
various operating conditions in Fig. 2.

(e T T r ;)
}AT 7= 30°C

\ ——Homogenous conc. of

o \ nertsiequation 30)
~ se \~-~ Parabotic conc. of

v (
Q \ Inerts (equation 32)
~N
~ vo 102
N . 7
&

i

y, C 102
Yo* 005

Rate of final toinitial steam flow rate,

30

Nominal temperature driving force, Ar*[ ]

F16. 2. Effect of non-condensables on condensation ratio as
a function of the nominal temperature driving force.

As 7(0) decreases, the ratio Q,(0)/Q,(z,) increases, i..
the fraction of the inlet steam that condenses increases.
Consequently a ratio of unity in equations (25) or (27)
represents the limiting value for no condensation,
and yields the minimum value of the nominal

AT*=T*—T,) required to initiate condensation at
the inlet, te.
N HO)RT*?
ATmin = (T - T;v)min = ¥"’/T T (29)
»

— e

|

7=009C |

S |

2 E 200 i

5 ' 7=70°C |

-y 7re50°C :

5 rezoc |

Th o8 1
cq
£ .

o @ )

] !

€8 \

E 204 <
=
s

! | i ; | j

&} [pRe} [oReX] G003 004 [aRvlel [SRvia)

Initiol mole fraction of non-condensables, y (O}, mole fraction

F1G. 3. Minimum temperature driving force required to
sustain condensation in the presence of non-condensables.

Figure 3 represents the values of AT, corresponding
to various saturation temperatures at various initial
molar fractions of the inerts. Note that equation (29)
is independent of the assumed concentration profile.

The heat-transfer coefficients

Utilizing equation (26) or (28), equations (12) can be
solved for the tangential values of J, and ¢, as well
as for the velocity and temperature profiles and the
total and incremental mass flow rates of the two films.
The local heat-transfer coefficient around the periphery
at any z is obtained by:

(x.2) = (dg/dn  AdI A AW
NI T AT A4~ ATRdé  RAT < dX '
(30)
h=h. or h,

where AT denotes the local temperature difference
across the condensate (=T,—T,,) or evaporating
(=T,,—T.) film, and dW/dX denotes the local con-
densation or evaporation rate, equation (6).

With reference to the internal diameter of the tube
the average overall heat transfer is defined by:

J JU( x, 2)AT(x,z).dA
7% — z X
v AAT*

where Uix,z) and AT(x,z)(=T,—T,) are the local
values of the heat-transfer coefficient and temperature

driving force, respectively. Equation (31) can similarly
be related to the external diameter of the tube.

(31

General outline of the solution procedure

Given the standard design data (T*, T,, 7(0), Q,(0),
etc.), we usually wish to determine the condensation
and evaporation rate and consequently. the length of
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the tube. The procedure, based on evaluating the local
rates as affected by accumulating inerts along the tube,
is as follows:
(a) Start at z = 0; Q,(0)/Q,(z) = 1 and solve (26), or
(28), for 6,(0).
(b) Utilizing 0(0), integrate equations (12) in steps,
between the limits xp and X,,. This yields §, and
d,, hence the velocity and temperature profiles;
the tube-wall surface temperatures; the local
liquid mass flow rates; the local condensation
and evaporation rates and the heat-transfer
coefficients.
(c) Step Az in the axial direction. Calculate Q,(z) at
the end of this step by:

2, o
0s(2) = Q5(0) = ——Az. (32)

(d) Utilize Q,(z) and repeat (a) i.c. solve for 0,(z).

(e) Repeat (b) to (d) for z=z+Az till 6,(z) -0,
(equations (26) or (28)). At this point L = z,. For
pure systems, f,(z) = 1 at all z and the tube length
is obtained as Q(z) in equation (32) approaches
zero. (In this case the length is determined by
relating I, 5, to the steam load.)

(f) Evaluate the average heat-transfer coefficients
along the tube.

RESULTS AND DISCUSSIONS

Previous studies [9, 10, 13,26] have usually been
concerned with correlating the average values of the
heat-transfer coefficient around the tube. The present
study represents an attempt to predict the local and
average values of the coefficients in the axial as well as
in the peripheral directions, while accounting for the
tube wall temperature variation. Since the solution is
obtained numerically, it is interesting to note the char-
acteristics and point values of the basic variables affect-
ing the heat transfer coefficients at the condensation
and evaporation surfaces.

Figure 4 represents the dimensionless internal and
external temperatures around the periphery of the tube.
With pure steam condensing inside the tube, some
80 per cent of the temperature drop occurs in the
external evaporating film. As can be inferred from Fig.
3, the temperature drop across the evaporating and
condensing film decreases in the presence of non-
condensables. Under these conditions AT,,;,, the mini-
mum nominal temperature difference required to main-
tain condensation, may constitute most of the available
total driving force.

As demonstrated in Fig. 4, the driving force drop
across the (aluminium) tube wall is relatively small.
Since no condensate is assumed to exist at x = 0, the
temperature difference across the wall at this point is
minimal, ie. 6, — 1 and 8,,, is very near unity due to
the high ratio of the tube wall and the external film
conductivities.

The variation of the dimensionless thickness of the
condensate and the evaporating film along the per-
iphery of the tube is presented in Fig. 5. Pure steam
condensation is considered here, but the presence of

e T T
; ey =60
—— -Re, =150 Pure steam
AT 2°C
Ro=1"9cm
095 N Condensing -
© N film

|

(o]
@
=]
T

Dimensionless temperature,

(=]
@®
5

I

Tube wall

e
Evaporating B
fitm
| 111
0895 1 2 3

Tangental distance, X,  rad

F1G. 4. Dimensionless temperature around the tube.
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F1G. 5. Dimensionless film thickness around the tube.

inerts does not change the shape of the curves. In
general, the effect of the angle of inclination on the
evaporating film thickness is much more pronounced
than that of the mass flow rate change due to mass
transport from it and the film is thinnest at I1/2. The
condensate film, on the other hand, starts to build up
at the top and generally increases in thickness. How-
ever, the inflection point at IT/2 indicates the opposing
effects of the mass flow rate change and the angle of
inclination up to this point.

Figure 6 represents mass-transfer rates at the evap-
oration and condensation surfaces. The curves.indicate
a maximum mass flux near I1/2 where the films’
thickness are at their lowest values. The evaporation
rate is just slightly greater than the condensation rate.
This is due to the fact that the effect of a heat capacity
of the condensate and the evaporating films were not
neglected [see equation (3)].
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The local evaporation and condensation heat-trans-
fer coefficients calculated from the point values of the
a.m. variables indicate a maximum in the evaporation
side while a consistently decreasing function for the
condensation side, Fig. 7. This is expected in view of
the film thickness characteristics shown in Fig. 5. The
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F1G. 8. Local overall heat-transfer coefficients
around the tube.

30

25

® kealZh-m’-°C

—_F

Average overall heat-transfer coefficient, !/ x10

20

7= 0(Pure steam)

o 200 400 600
Reynolds number, Ae,=4T, o/u

F1G. 9. Effect of non-condensables and AT* on
the heat-transfer coefficient.

local overall heat-transfer coefficient is presented in
Fig. 8 for various values of the Reynolds number. The
controlling effect of the evaporation side resistance is
very pronounced. The decrease of the transfer co-
efficient with the Reynolds number in this range is
further discussed below.
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It is noteworthy that while the above relationships
will change quantitatively if non-condensables are
present in the condensing steam, their general charac-
teristic will be preserved. The quantitative effects of
these non-condensables are presented in Fig. 9. The
assumed homogeneous distribution is applicable in the
operating range dealt with here, and represents the
case of least resistance in the condensation side. As is
evident from Fig. 2, the parabolic profile presented
here represents the limiting resitance, hence lowest
transfer rates. However, in the flow range discussed
here the transfer rate in the evaporating film is con-
trolling the overall transfer rate, and the assumed con-
centration distribution of inerts will not greatly affect
the results. Note, however, that at very low and high

© 3o T T
. Pure stream

€ ATE2°C

< BPR =065

8 Ro-R =0-125cm

—3
,

Average overall heat-transfer coefficient, U,*X {e)

) L |

o 200 400 600
Reynolds number, Re=4l, /u
F1G. 10. Effect of Reynolds number on the average

overall heat-transfer coefficient at various R,.
Pure steam.

flow rates of the external film, the overall transfer rate
may be strongly affected by the condensate film.
Figure 9 represents the dependence of U* on Rey
at various nominal (total) temperature driving forces.
Increasing the Rey at a constant AT* in the laminar
range discussed here corresponds to an increase of the
(evaporating) film thickness. Since, as seen from Figs.
7 and 8, the external film coefficient is controlling the
overall heat-transfer coefficient, increasing the Rey
number affects a decrease in U¥. It must, however, be
emphasized here that these theoretical calculations
assume an evenly distributed film along the tube,
whereas in practice the film is not uniformly distributed
along the axis and, at the higher range of the Rey
values discussed here, the film is probably wavy. This
deviation from uniformity would explain the reported
experimental conclusion that the flow rate T, ; does
not noticeably affect the average overall heat-transfer

coefficient [1,3]. Evidently, when T, is increased,
“channelling” and local turbulence offset the effect of
increasing the average film thickness.

As also seen in Fig. 9, increasing the nominal total
temperature driving force causes a small decrease in UF.
It is interesting to note that changing T* (while keeping
the AT* constant) from 35 to 70°C did not appreciably
affect U¥. This is consistent with the experimental data
of Tel Baruch [28] in which T, varied from 30 to 55°C
and the recent data of Fletcher et al. [29] in the range
of 50-127°C.

The effect of the non-condensables present in the
condensing steam is to reduce the temperature driving
force. Hence, the effective temperature gradient be-
tween the evaporation chamber and the condensing
steam is lower than the nominal difference between
their corresponding saturation temperatures. The dif-
ference between the nominal and the effective driving
forces is given by AT, in Fig. 3. With reference to
Fig. 2 it is noteworthy that the effect of inerts on
AT, is more pronounced at higher temperature levels.

Figure 9 also represents the effect of non-condens-
ables, assumed to have homogeneous concentration
profiles in the tube, on the heat-transfer coefficient. The
effect of the inerts is more pronounced at lower AT*s,
Moreover, at small steam velocities, where a concen-
tration profile of inerts is built up, some more severe
effects of the non-condensables are expected at the back
end of the tube.

The effect of the radius of the tube on the overall
heat-transfer coefficient is presented in Fig. 10. Con-
sistent with the simple Nusselt’s derivation, U¥* de-
creases as R increases.

A comparison of the theory presented here and
experimental data is by necessity limited by the scarcity
of available overall heat-transfer coefficients. The com-
parison is furthermore restricted to publications which
include all the experimental variables required for the
theoretical calculations.

Experimental transfer coefficients obtained in evap-
oration boiling of water films flowing over a horizontal
tube electrically heated from within were recently
reported by Fletcher et al. [29]. One and 2india
copper—nickel tubes were used, with heat fluxes varying
from 1-8 x 10* to 5-4 x 10*kcal/hm?. Rey varied from
450 to 800 with saturation temperatures ranging from
50 to 125°C (3°C < AT* < 9°C). The transfer co-
efficients varied between 4800 to about 9000 kcal/h m?
°C.

Somewhat lower values of the overall heat-transfer
coefficients (4300 kcal/hm? °C at T* = 50°C and 5700
kcal/hm? °C at about 90°C) were obtained [2] with a
horizontal tube-bundle operated with heat fluxes of
about 2 x 10*kcal/h m?.

As the theoretical model is limited to relatively low
heat fluxes (ie. relatively low steam flow rates and
laminar films), a comparison with the above data is
not possible. Also, the model presented here does not
account for boiling.

A more meaningful comparison can be achieved by
relating to data [28] obtained with evaporating—con-
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densing tubes designed to operate at relatively low
heat fluxes.

Table 1 represents data obtained from the exper-
imental rig in Tel Baruch [28]. 1-5in aluminium tubes,
122 cm long, were used, wetted from above by sea water.
Temperature differences were obtained by measuring
the pressure differences in the evaporating and condens-
ing regions and correcting them for the boiling point
elevation. Condensate flow rate was measured by
collecting it from each tube separately. Sea water was
not deaerated, and air content in the steam was deter-
mined to be between 100-150 ppm. Under these con-
ditions, the effect of air is quite small.

DAVID MOALEM and SAMUEL SIDEMAN

by a relatively thin film whereas in other parts the
flow is turbulent and/or wavy. Also, the non-uniform
rain-like drops falling on the tube from the tube above
it may enhance the transfer rate by initiating con-
centric waves. These effects are not accounted for by
the theory.

Nusselt's analysis [14] indicates that the average
condensing coefficient for a tube in an n-tube vertical
bank is n™'/* times the average single-tube coefficient.
The relatively high heat transfer rates for the lower
tube in a vertical row [33, 34] have been attributed to
the turbulence [35] or condensation on., and momen-
tum gain [ 18] of, the accumulated condensate. How-

Table 1. Comparison of experimental and calcuiated overall heat-transfer coefficients

AT*

Run Rey [*C]
3-1 238-78 2:25
3-2 22491 251
3-3 25174 1-95
6-1 23572 2:00
6-2 208-87 2-00
6-3 20784 2:20
9-1 187-50 1-80
9-2 190-91 1-70
9-3 21221 1-80
VC-50 37761 300
VC-250 28321 300

U#. [keal/hm?°C]

Modified by

Experimental Calculated equation (33)
3017 1629 2043
3198 1643 2045
3016 1547 1954
3220 1707 2135
3331 1634 2013
2800 1691 2090
2835 1750 2135
3276 1791 2193
2922 1652 2045
2150 1445 1905
2350 1496 1913

As seen from Table 1, the calculated values are
30--45 per cent lower than the experimental ones. This
is consistent with Chun and Seban’s [30] study of
evaporation on a vertical plate [30], which indicates
that this deviation is due to the actions of ripples
and waves. Indeed, Kapitza’s relationship Rey =
243Kq™ ' [31] predicts that for the experimental
system discussed here, capillary waves would form at
the interface at Rey > 20. Consequently, the average
thickness of the film (for a given flow rate) at the
operating conditions reported in Table | is smaller
than calculated due to the presence of ripples and
waves, and the actual heat-transfer coefficient is larger
than the calculated one.

An empirical correction factor accounting for the
increase of the condensation transfer coefficient due to
rippling was suggested by Zazuli [32]:

B r 0-11 B
hripples =08 <;> hnussett -

Applying Zazuli’s correction to our calculated re-
sults, the deviations of the calculated values from the
experimental data are reduced to 10-30 per cent. Un-
fortunately, an independent meaningful correlation of
this variation is impossible with the limited data avail-
able at present.

Other effects may also contribute to the discrepancy
between the experimental and calculated values. It is
quite likely that the (sea) water is not uniformly spread
along the tube. A fraction of the total area is covered

(33)

ever, Nusselt’s analysis and its subsequent modifi-
cations [ 18, 35] for the multi-tube bundle relate to a
significantly increasing condensate mass flowing out-
side the tubes. Here the fluid mass flowing outside the
tubes varies relatively very little, as compared with the
initial flow rate of the sea water flowing over the first
tube. Thus, the present study can be considered as a
reasonable approximation for the general case of the
tube bundle.
CONCLUSIONS

The various parameters affecting the film-side and
overall heat-transfer coefficients in a horizontal evap-
orator—condenser were evaluated and presented for a
representative range of operating conditions. The con-
trolling effect of the evaporation side film on the
transfer rate was established. The effect of non-
condensables present in underated sea water on the
transfer rate in the flowing system treated here is quite
small. This result seems to indicate that if proper
measures are taken to vent the concentrated air stream
leaving the tubes, thus avoiding accumulation of air in
the system, deration of the incoming sea water may
not be necessary.

Comparison with experimental data indicate that the
theoretical analysis presented here for low heat flux
operation underestimates the performance of a single
evaporator condenser tube by about 30 per cent.
Additional reliable experimental data is required in
order to establish more firmly the accuracy of the
theoretical predictions.
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APPENDIX A
Equation (14)
The exact form of equation (14) is given by

dd, Eg/Pe.~Cy/Pe,—EgCi0+E0Co

dx =~ EyCs—EgCy

(14a)
do, Eg/Pe.~Cy/Pe,—EgCio+ E10Cs
dx EgCo—EoCs

where :
Eg = [2BEs 8} +3BE 67 — B8.,,(36] +35,07)

— BE3($58! +36,63)}/00
Eg = [$BE; 8 — BE4(130} +%6:0.)]/0u.

t

dB |
Eio= [%E56:_6wv(1§26u+%6153)]d_§ o

O Ao
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1 2 t s < 5p) C, AT

5, &
E¢ = —5—39“,04— 1+5_u E;

5
1+—|E
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E; = 25,K0,./E3+CsE,JE,

Eys= C4E\/E, E~
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Csg = [%BC6(5?+ BCa(TSZ'5C+%5153)](05*Owt-)
Cy = [2BC562+3BC 87 — B(0,—0,,)(357 +470,)
+ BC, (0 +39, (53)]/((& —0)

dB ﬁ
0., )62 +30,00) ]'* O~ 0

Hw)(1+i'—>+
. O

d;
C(, = <l +E>C3

Cio = [%Csd? 6,

C, = (20, +K4,)0, Cs = (0;—

C,AT*

Cy = 26,+K(0,+9,)

o,
Cy = K(C,8,—C)/C3  C-= <1+ 5) 4“;(9s—9wc)
{ 02
Cy = —KC”"C% B=4CosinX.
APPENDIX B

Parabolic Concentration Distribution of Inerts
Associated with Low Steam Loads

Parabolic profiles for the steam velocity and the concen-
tration of inerts are assumed in the steam core. Moreover,
the migration of steam towards the free-condensate surface
has but a little effect on the parabolic nature of these
profiles [27].

The boundary conditions are, for all z:

where D, denotes the diffusion coeflicient of inerts in steam
and v is the steam velocity.

The first two B.C. are self-evident due to symmetry. The
prescribed value of concentration at r =0 implies that
within the relatively short condensation period. and based
on the laminar regime of flow, the concentration in the
center-line of the tube remains constant, at the initial inlet
concentration. Moreover, for small steam velocities, the no-
slip condition for the axial velocity at the condensate free
surface is quite reasonable. The last B.C. states that the
condensate is impermeable to the inerts. Neglecting the
volume occupicd by the condensate film within the tube,
and assuming that the change in the average molecular
weight along the tube is negligible:

~R

Qs(2)ps = ' psv(z, r)2nrdr (B3)
Jo

"R
Q,(0)psy(0) = ' 2z, r)psv(z, r)2nr dr. (B4)
Solving (B3) and (B4) with the appropriate boundary
conditions yields

204(z r?
vz, r) = nRiu< - R2> (BS)
B 00 N\
nen=so[ @) ] e

Forr = 07(z,r) = 7(0).
Thus, for 0 <z < 7y
and y(0) < 7(z, R) < y(zy.

we note that Qy(z5) < Q,(2) < Q4(0)
R), consistent with physical reality.

ETUDE THEORIQUE D'UN TUBE CONDENSEUR-EVAPORATEUR HORIZONTAL

Résumé—On a évalué et présenté les caractéristiques des divers paramétres qui affectent le film et les

coefficients de transfert globaux dans un évaporateur-condenseur horizontal, pour des conditions

opératoires qui correspondent au cas laminaire pratiquement intéressant. La comparaison avec les

données expérimentales disponibles, mais limitées, montre que la théorie laminaire fournit des coefficients

de transfert moitié moindre que ceux expérimentaux. Cependant, lorsque P'on tient compte de l'effet des

rides, les coefficients de transfert calculés prédisent & peu prés, avec une précision de l'ordre de 10 &
30 pour cent, le fonctionnement du tube évaporateur-condenseur.

THEORETISCHE ANALYSIS EINES HORIZONTALEN
KONDENSATOR-VERDAMPFERROHRES

Zusammenfassung —

Der Einfluss verschiedener Parameter auf die filmseitigen und Gesamtwirmeiiber-

gangskoeffizienten in einem horizontalen Kondensator-Verdampferrohr wurden berechnet und fiir

laminare und praktisch interessierende Arbeitsbedingungen angegeben. Der Vergleich mit den beschrinkt

verfiigbaren experimentellen Werten zeigt, dass die laminare Theorie Wirmeiibergangskoeffizienten liefert,

die etwa 50% der experimentellen betragen. Wird jedoch der Einfluss von Wellen berticksichtigt, dann

geben die berechneten Wirmeiibergangskoeffizienten das Verhalten von Kondensator-Verdampferrohren
innerhalb von 10-30%, wieder.

TEOPETUYECKWI AHAJIU3 I"OPI/I3OHTUAJILHOI7I UCITAPUTEJILHO-
KOHAEHCALIMOHHOMU TPVYBbI

Anvorauua — s OpeacTaBIsAIOWMX NIPAKTUYECKUH MHTEPEC JTAMHHAaPHBIX PEXKMMOB TEYEHHS pac-
CYUMTAHBI M TNPMBEOECHBI XapaKTEPUCTHKH PA3IMuHbIX TAPaMETPOB, BIHSIOUMIMX Ha XodbduuneHT
TEMTIOOTAAYH CO CTOPOHBI IUIEHKH M CYMMAapHBIH KO3hPHUMEHT TENIONEPEHOCA B UCNAPHTENIBHO-
KOHAEHCAUUOHHOM Tpy6e. CpaBHEHHE ¢ UMEIOLLIMMHCH HEMHOIOYHCIEHHBIMH IKCIIEPHMEHTAIbHBIMHU
HaHHbIMM NTOKa3bIBAET, YTO TEOPETUYECKH HAMAEHHBIE KO dHLIMeH T IEpeHOCA COBNAAaOT C IKCIe-

PHUMEHTANBHLIMU B Tpenesax 509%.

OaHako, B Cjlydae ydyeTa BJIMSHMS TNyJbCAlMil pacyYeTHbIC

KO3((HULHEHTEI NIEPEHOCA IO3BOIAIOT ONPENE/IUTE PEXKAMBI PabOTEI UCMAPUTENBHO-KOHIEHCALIMOH-
HOM Tpy6bl C TOYHOCTBIO MpuMepHO, o 10-3095.



